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Abstract: The hybrid steam-solvent injection has been considered as a promising technique for enhancing heavy oil/bitumen recov-
ery, while its main mechanisms including the heat transferred and dissolution of solvents (e.g., CH,, C,H,, C;H,, C,H,,, CO,,
N,, and DME) into heavy oil/bitumen to reduce its viscosity and swell it are closely related to the phase behaviour of the solvents/
water/heavy oil systems. To allow the seamless integration with the existing reservoir simulators, the traditional cubic equations of
state (i.e., SRK EOS and PR EOS) have been modified and improved to accurately quantify the phase behaviour and physical prop-
erties of the aforementioned systems under equilibrium and nonequilibrium conditions. Firstly, a huge database has been built to de-
velop the corresponding alpha functions by minimizing the deviation between the measured and calculated vapour pressures for wa-
ter as well as non-hydrocarbon and hydrocarbon compounds available from the public domain. Such obtained alpha functions are fur-
ther validated with enthalpy of vaporization for pure substances, and then the reduced temperature has been optimized and the ec-
centric factor has been redefined. Finally, a pressure-implicit strategy has been developed to optimize the binary interaction param-
eters (BIPs) by treating heavy oil as one pseudocomponent (PC) or multiple PCs. Also, the contributions of each solvent to the
aforementioned systems have been compared and analyzed within a consistent and unified framework. In addition to new alpha func-
tions for hydrocarbons and water, respectively, the reduced temperature is found to have its optimum value of 0.59 for the two equa-
tions of state (EOSs), while 0.60 is recommended for practical use. Such improved EOSs have been further employed to reproduce
the experimentally measured multiphase boundaries (or pseudo-bubble-point pressures) , density, viscosity, (mutual) solubility,
and preferential mass transfer for the aforementioned mixtures under equilibrium and nonequilibrium conditions. The swelling effect
for the heavy oil can be enhanced due to the addition of C,Hy and/or C,H,, or their mixtures into the CO, stream. Due to the exis-
tence of water, isenthalpic flash leads to more accurate quantification of multiphase boundaries and physical properties for the hy-
brid solvent-thermal processes. Each component of a binary or ternary gas mixture is found to diffuse preferentially into heavy oil at
high pressures and elevated temperatures in the absence and presence of porous media, while each of them is found to exsolve dif-
ferently from gas-saturated heavy oil under nonequilibrium conditions.
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librium and nonequilibrium conditions

are located on the Alberta-Saskatchewan border,

1 Introduction while heavy crude oil production in Alberta was ap-
proximately 5 million m’ as of October 2021, up

As most light and medium oil fields have gradu- about 10% compared to that of the same period in

ally depleted, it is difficult to meet the increasing de- 2020, accounting for nearly 25% of total crude oil
mand for crude oil "'’ and recent attention has been di- production*’. Based on its low recovery factor and
rected towards the exploitation of unconventional re- technical challenges, such as the high oil viscosity
sources, such as the huge heavy oil and bitumen re- and huge energy consumption, it is difficult to effec-
serves'?’. In Canada, the primary heavy oil reserves tively and efficiently recover heavy oil in terms of
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both technical and economic aspects. By taking ad-
vantages of both thermal- and solvent-based meth-
ods, the hybrid steam-solvent injection has recently
been considered as a promising technique for enhanc-
ing heavy oil/bitumen recovery, while the heat trans-
ferred and dissolution of solvents (e.g., C,H,, C,H,,,
CO,, N,, and dimethyl ether (DME) ) into heavy oil/
bitumen to swell it and reduce its viscosity are the
main recovery mechanisms **’
vents (e.g., C;H,, CH,,, CO,, and DME) with

steam results in the reduction of oil viscosity and in-

. Coinjection of sol-

terfacial tension (IFT) as well as additional oil swell-

: [7-11

ing

ery factor together with less water consumption can

!, In addition, a significantly higher oil recov-

be achieved with the addition of solvents into steam
compared to the pure steam injection processes ™'*.
All of the aforementioned effects are related to the
phase behaviour of solvents/CO,/water/heavy oil sys-
tems, which is of significance for reservoir simula-
tions, and particularly important for simulating and
designing the hybrid steam-solvent processes for field
applications. Though CO, and alkane solvents are im-
portant for enhanced heavy oil recovery (EHOR) ,
limited attempts have been made to examine their syn-
ergistic effects on heavy oil recovery, not to mention
their phase behaviour and physical properties under
equilibrium and nonequilibrium conditions. In addi-
tion to the inherent foamy oil phenomenon during pri-
mary recovery, nonequilibrium phase behaviours in-
evitably exist in a gas recovery process when the in-
jected gas (es) are used to artificially induce the
foamy oil phenomenon in a heavy oil reservoir "*'. The
existing reservoir simulators based on equilibrium
conditions failed to accurately describe the nonequi-

1315 Therefore, it is of fun-

librium phase behaviour
damental and practical importance to quantify the
phase behaviour and physical properties of alkane sol-
vent (s)/CO,/water/heavy oil systems under equilib-
rium and nonequilibrium conditions.

Physically, the solvents available for solvent-
only or hybrid methods can vary from a poorly

16-18]

soluble one such as nitrogen or methane' to a

highly soluble one such as hexane (n-C;H,,) or tolu-

[1920] 'Most researchers believe that a heavier sol-

ene
vent performs better in terms of enhancing oil produc-
tion, although a heavier solvent is more expensive in
general. Among the solvents, CO,, C,H,, C,H;, and
n-C,H,, are found to be moderately soluble in heavy
oil and affordable; therefore, they are good candi-
dates for practical uses in solvent-based recovery pro-
18227 Also, DME,

soluble solvent, has recently been found to be an effi-

cesses a promising water-

cient additive to thermal-based recovery methods '’
because of its first-contact miscibility with hydrocar-
bons and preferential partitioning from the aqueous
phase to the oleic phase after being contacted with res-
ervoir fluids, leading to rapid and strong oil-swelling
effect and viscosity reduction ',

In practice, the introduction of steam and sol-
vents into a heavy oil reservoir results in viscosity re-
duction due mainly to thermal energy and swelling of
the hydrocarbon-rich liquid phase because of solvent

dissolution 23

. Recently, numerous attempts have
been made to determine the multiphase boundaries for
the solvent (s)/water/heavy oil systems under reser-

19222735381 - 14 et al.”™ determined

voir conditions
three-phase liquid-liquid-vapour (L,L,V) boundaries
for C,Hy/CO,/heavy oil mixture and »n-C,H,,/CO,/
heavy oil mixture from both experimental and theo-
retical aspects, respectively. By proposing a general-
ized methodology to determine multiphase boundaries
and swelling factors of solvent(s)/CO,/heavy oil sys-
tems at high pressures and elevated temperatures by
treating heavy oil as multiple PCs. Li et al. ** deter-
mined phase behaviour including phase boundaries,
volumes, and compositions of the aforementioned
systems in the presence of an aqueous phase by apply-
ing two different alpha functions for water and non-
water components, respectively. Gao et al."”” experi-
mentally measured multiphase boundaries of n-C,H,,/
water/bitumen mixtures at temperatures up to 160°C
and pressures up to 10 MPa. Chen and Yang **' devel-
oped a new and pragmatic methodology to predict
phase boundaries and their types as well as solvent
solubilities of solvents-heavy oil/bitumen-water sys-

tems in a temperature range of 298-573 K for differ-
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ent kinds of heavy oils by using new BIPs in the Peng-
Robinson equation of state (PR EOS). Chen et al. "’
developed new experimental measurements together
with a dynamic volume analysis (DVA) method to
predict the phase behaviour of C,H,/water/heavy oil
and CO,/water/heavy oil systems at pressures up to 20
MPa and temperatures up to 432.3 K, during which
effective density is used in the ideal mixing rule.'*"
With a generalized Soave-type o function suitable for
the Soave-Redlich-Kwong equation of state (SRK
EOS) and PR EOS, Pina-Martinez et al."** achieved
significant improvements on the prediction of vapour
pressures and/or enthalpies of vaporization and/or
saturated-liquid heat capacities, especially for heavy
molecules with an acentric factor larger than 0.9.

As for reliable and consistent reservoir simula-
tions, accurate quantification of phase behaviour and
physical properties of alkane solvent (s)/CO,/water/
heavy oil systems under different conditions is an es-
sential element, while various attempts have been
made to improve the traditional cubic equations of
state (CEOSs) including the PR EOS'* and the SRK
EOS ", both of which have been widely used in the
petroleum industry because of their simplicity and ca-
pability in predicting phase behaviour and physical
properties of pure substances and mixtures in both va-

4] Various attempts have

pour and liquid phases'
been made to improve the accuracy and robustness of
the traditional EOSs with respect to o function, BIP,
reduced temperature, and acentric factor.

To accurately predict the characteristics of a real
pure substance deviated from its ideal behaviour, an
a function is formulated by matching vapour pressure
of the pure substance under various conditions, ac-
counting for molecular attraction and mainly depend-
ing on both the reduced temperature and acentric fac-

7481 As such, the development of a more suitable

tor
and robust o function has an important foundation
and practical significance for more accurate simula-
tion of phase behaviour and physical properties in
such a highly asymmetric system associated with hy-
drocarbon mixtures. Numerous efforts have been

made to improve the « functions for hydrocarbon

compounds (e. g., methane and ethane) and non-
hydrocarbon compounds including water (e. g.,

methanol and ethanol) %%

, respectively. A compre-
hensive review of the available a functions can be
found elsewhere . Physically, there are three basic
requirements that need to be met in improving an «
function as (1) it must be finite and positive at all
temperatures; (2) equals unity at the critical point;
and (3) approaches a finite value as the temperature
approaches infinity **'. As for a given « function, it is
easier to achieve the first two requirements compared
to the third one. For example, the traditional Soave-
type a functions do not meet the third requirement es-
pecially when the reduced temperature is infinitely
close to infinity **. According to the suggestion made

55-56]

by Neau et al.' , the temperature at which the
Soave-type a functions start to become larger is usu-
ally very high, far beyond the scope of the industrial
uses, and thus the third criteria is a little less strin-
gent. The logarithm-type o function was originally
proposed by Heyen™" |,

Trebble and Bishnoi'*’ and Twu et al.***! to a cer-

and then improved by

tain extent. Such a logarithm-type o function can
meet the third requirement when the reduced tempera-
ture approaches infinity. The application of traditional
EOSs has achieved good accuracy in the description
of the non-aqueous phase, but the predicted results of
the aqueous phase deviated from the experimental
measurements due to the extremely small hydrocar-
bon solubility in water **'. Since water inevitably ex-
ists in a hybrid steam-solvent process, there is a need
to introduce a new kind of « function for the water
component to improve the accuracy of the EOSs
when evaluating a water-associated system since the
initial one in the PR EOS was proposed based on a se-
ries of water-free systems*’. Thus, Peng and Robin-
son'* updated an « function for water in the PR EOS
with the temperature range from 284.8 to 466.1 K.
Then, Sereide and Whitson'®’ proposed a modified
two-parameter « function to reduce the deviation be-
tween the predicted vapour pressure of water and the
experimental data to 0.20% while expanding the pre-

dicted temperature range to 288.2-598.15 K. Based on
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the universal o function proposed by Li and Yang ',
a modified o function for water has been achieved by
Li and Yang'®' and further expanded the applicable
temperature range to 273.16-647.10 K. Zhao et al. "
performed comparison calculations and found that the
a function developed by Li and Yang **' had the mini-
mum deviation of 0.07%, followed by the one pro-
posed by Sereide and Whitson'®' with a deviation of
1.41%, and the original o function made by Peng and
Robinson **' with a deviation of 1.50%.

The a function in the PR EOS is also dependent
upon the acentric factor, which reflects the deviation
of acentricity or non-sphericity of a compound mol-
ecule from that of a pure and homogeneous fluid,
such as argon and xenon'®’. With the originally pro-
posed « function, Soave ' predicted the vapour pres-
sure at a reduced temperature of 0.7 for each of the
acentric factor values ranging from zero to 0.5 with a
step of 0.05. Subsequently, Peng and Robinson "*’ im-
proved the o function by minimizing the deviation be-
tween the theoretically calculated and the experimen-
tally measured vapour pressures for 14 hydrocarbons
(methane, ethane, propane, i-butane, n-butane, cy-
clohexane, benzene,

i-pentane, n-pentane, n-

hexane, n-heptane, n-octane, n-nonane and n-
decane) and 3 permanent gases (N,, CO,, and H,S).
Two years later, Robinson and Peng'®' updated its
original version proposed in 1976 by adding a new
equation for substances whose acentric factors are
lower than or equal to that of n-decane. Meanwhile,
Graboski and Daubert ® proposed a new « function
based on a detailed set of hydrocarbon vapour pres-
sure data compiled by the American Petroleum Insti-

tute. Subsequently, Soave *"

not only proposed a
new « function that is more suitable for heavy hydro-
carbons based on the vapour pressure generated by
the Lee-Kesler equation'®’ but also updated the o
function to accurately predict the fugacity coefficients
of pure gaseous fluids at high pressures and elevated
temperatures. By defining its form in terms of the va-
pour pressure at a reduced temperature of 0.7, Pitzer
et al. ' generalized a correlation to accurately predict

vapour pressure when the reduced temperature is be-

tween 0.7 and 1.0, but the prediction accuracy is com-
promised when the reduced temperature is lower than
0.7, In other words, the acentric factor defined at a
reduced temperature of 0.7 can accurately reflect the
characteristics of a substance (e.g., carbon dioxide
and light hydrocarbons) at a temperature close to 70-
100% of its critical temperature; however, it is less
accurate at representing the characteristics of a sub-
stance (e.g., heavy hydrocarbons) at a temperature
usually much lower than 70% of its critical tempera-
ture encountered in the industrial applications. In or-
der to improve the prediction accuracy of vapour pres-
sures of heavy hydrocarbons at low temperatures,
Twu et al."*” modified the definition of the acentric
factor at reduced temperature of 0.5 instead of 0.7.
Based on the work of Twu et al."”’, Nji et al.**’ pro-
posed a new a function to improve the prediction per-
formance of the vapour pressure of heavy hydrocar-
bons, but its prediction for non-hydrocarbon com-
pounds still needs to be improved. Then, Li and
Yang ¥’ redefined the reduced temperature at 0.6 to
balance the characteristics of both light compounds
and heavy hydrocarbons, while Chen and Yang'®"
proved that such a redefinition is theoretically sound.
In addition to the accurate representation of satu-
ration conditions of pure substances with the a func-
tion, the accuracy of the CEOS prediction is highly
dependent on the appropriately tuned binary interac-
tion parameters (BIPs) and mixing rules'*'*7"), As
for the attractive term of the CEOS, the BIPs be-
tween any two compounds in a vapour-liquid mixture
are required for accurately predicting their physical
properties under vapour equilibrium conditions '™
For two individual components with essentially the
same polarity, the BIP value is commonly assumed to
be equal or close to zero ™. As for a highly asymmet-
ric mixture (e.g., CO, and n-alkanes) with respect to
both molecular size and energetic interactions 51 the
introduction of BIPs enables to perform calculations
for the vapour-liquid equilibria (VLE). Due to the
fact that hydrocarbon binaries are essentially nonpolar
molecules, zero BIP is a plausible approximation.

Usually, the BIPs can be obtained by either tuning a
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CEOS to reproduce the experimental VLE data or us-
ing empirical correlations'”.  Graboski and
Daubert *’ developed a BIP correlation for systems
containing CO, and light hydrocarbons from C, to
C,,on the basis of a modified SRK EOS, while solu-
bility parameters of CO, and hydrocarbons are precon-
ditioned. Subsequently, a temperature-dependent BIP
correlation for binary mixtures of CO,-n-alkanes (C,
to C,, C,, and C,)was proposed for the PR
EOS ", which is superior to the previously proposed
methods "', Elliott and Daubert ™ introduced the
Graboski-Daubert method' "’ to predict the VLE of
hydrocarbons with N,, CO,, CO, and H,S. After
evaluating and comparing BIPs in five different
EOSs, Valderrama et al.'” found that BIPs are
highly dependent on temperature for the SRK EOS
but not obvious for the PR EOS. Gao et al."*” pro-
posed a function of the critical temperature and com-
pressibility factor to evaluate BIPs of the PR EOS for
light hydrocarbon (C,-C,,) mixtures, which shows a
poor accuracy in the critical region. Kordas et al. "
then extended the hydrocarbon database from C, to
C,, including light and heavy n-alkanes, branched al-
kanes, and aromatics. Since Lee and Sun'®?' estab-
lished a model for the BIPs by applying the van der
Waals mixing rule, more BIP correlations have been
obtained based on different mixing rules "™, In addi-
tion, a group-contribution method can be utilized to
predict the BIP for a pair of components, provided
that the knowledge of molecular structure of each sub-
stance is known'*'. Thus, it will be physically diffi-
cult to determine the BIPs for heavy oil-involved sys-
tems because heavy oil is commonly characterized as
PCs with unclear molecular structures. Since it has
been found previously that the component as heavy as
C,,, may affect the phase behaviour of heavy oil in-
volved systems ™', it is necessary to further split the
plus fraction into single carbon numbers (SCNs). Ac-
cordingly, heavy oil can be defined as PCs by apply-
ing the splitting and lumping methods "**'. Although
interactions between CO, and heavy hydrocarbon
components impose a marked impact on CO,-assisted

heavy oil recovery processes, few attempts have been

made to develop BIP correlations between CO, and
heavy n-alkanes, resulting in a poor phase behaviour
prediction for such an asymmetric system ®’. Li et
al."* proposed a generalized temperature-dependent
BIP correlation to more accurately predict the phase
behaviour of the CO,/heavy n-alkane systems, while
Xu et al. ™' proposed a correlation rule with a reduced
temperature to predict the BIPs of mixtures contain-
ing CO,/alkanes (C,-C,,) in pseudocritical regions.

In addition to collecting the relevant data in the
public domain, the main objective of this work is to
summarize and compare the experimental measure-
ments and theoretical calculations on quantifying
phase behaviour and physical properties of alkane sol-
vent (s)/CO,/water/heavy oil systems at various pres-
sures and temperatures. Firstly, the o functions re-
spectively for hydrocarbon compound and water com-
pound in the PR EOS or SRK EOS have been modi-
fied and improved to more accurately predict the va-
pour pressure for pure substances. In addition to opti-
mizing the reduced temperature for the redefined
acentric factor, a pressure-implicit strategy has been
developed to optimize the BIPs correlations by treat-
ing heavy oil as either one PC or multiple PCs. Then,
such improved EOSs have been further employed to
reproduce the experimentally measured multiphase
boundaries (or pseudo-bubble-point pressures) , den-
sity, viscosity, (mutual) solubility, and preferential
mass transfer for the alkane solvent (s)/CO,/water/
heavy oil systems under equilibrium and nonequilib-

rium conditions.

2 Experimental Database

2.1 Phase Boundary

In this study, the measured phase boundaries to-
gether with their types for solvents-heavy oil mixtures
(including C,Hg, C,H,,, CO,, and DME) in the ab-
sence and presence of an aqueous phase are collected
from the literature. Table 1 shows the data for a total

of 41 feeds 7102230379418 while “L,” refers to the

high-density oil-rich liquid phase, “L,” refers to the

low-density solvents-rich liquid phase, “V’ refers to
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the vapor phase, and “A” represents the aqueous
phase which is mainly comprised of liquid water.
Also, the oil samples for most of the collected data
are Lloydminster heavy oil; however, the oil samples
of #19 and #20 are Huabei heavy oil whose physical
properties can be found elsewhere .
2.2 Swelling Factor

The experimentally measured SFs are collected

7.910.3637.881  while the details are

from the literature'
provided in Table 2.
2.3 Density

In this study, 1606 measured densities for sol-
vents/heavy oil/bitumen/water systems are col-
lected “*'"**). More specifically, there includes a total
of 15 different heavy oils/bitumens and 12 solvents (i.
e., CH, through »n-C,H,,, CO,, N,, toluene, cyclo-
hexane, and DME) with a temperature range of 288-
573 K and a pressure range of 0.1-12.8 MPa, respec-
tively. Detailed information can be found in Table
3 [16-19‘24-2528.90-100].
2.4 Viscosity

A total of 258 measured viscosities for solvents-
heavy oil/bitumen/water systems in a temperature
range of 287.9-463.4 K and a pressure range of 0.46-
10.94 MPa, respectively, are collected from litera-
ture and presented in Table 4 %4201 The Jight
solvents include methane, ethane, propane, n-
butane, n-pentane, N, and CO,, while six commonly
used mixing rules (i.e., Arrhenius’, Cragoe’s, Shu’
s, Lobe’ s, double log, and power-law) are exam-
ined and compared with the measured viscosities for
the aforementioned systems retrieved from the litera-
ture.
2.5 Solubility

In addition to solubility data, mutual solubility
data have been collected for n-alkanes (C,-C,,)-water

10112) 11t s important to note

pairs from the literature
that most of the experimentally measured solubility
data for n-alkane-water pairs are retrieved from the
IUPAC (i.e., International Union of Pure and Ap-
plied Chemistry) reference manual where comprehen-
sive experimental data from different sources have

been critically reviewed and well fitted by solubility

102-112

correlations ' !, The remaining experimental data

131 while the details are tabu-

can be found elsewhere '
lated in Table 5. Mutual solubility means that a hydro-
carbon component can dissolve in aqueous phase and
water component can dissolve in a liquid hydrocarbon
phase as well. Specifically, X, denotes hydrocarbon
solubility in aqueous phase, while X, refers to water
solubility in liquid hydrocarbon phase.

2.6 Mass Transfer

The experimental data of diffusion tests for al-
kane solvents/CO,/heavy oil systems are retrieved

from the literature "'*"”

, while their compositions
and operating conditions for a total of 12 diffusion
tests (Feeds #42-#53) are listed in Table 6. With an
easier comparison purpose, the data of diffusion coef-
ficients for CO,, C;Hy, and n-C,H,, published in the
literature are summarized in Table 7 """,

2.7 Nonequilibrium Phase Behaviour

Nonequilibrium phase behaviour of alkane sol-
vent (s)/CO,’heavy oil systems under reservoir condi-
tions have been collected from literature'**'**, Con-
stant pressure decline rate and constant volume expan-
sion rate are two major approaches to reach nonequi-
librium conditions for the aforementioned systems,
although field production constraints associated with
foamy oil make it more complicated.

In this study, the data for alkane solvents/CO,/
heavy oil systems under nonequilibrium conditions
are collected from the literature, while the details are
tabulated in Table 1. More specifically, there are a to-
tal of ten constant composition expansion (CCE) ex-
periments with a constant volume expansion rate (see
Feeds #54-#56 in Table 8) and a total of six CCE ex-
periments with a constant pressure decline rate (see
Feeds #57-#59 in Table 9). It is worthwhile noting
that, apparent critical supersaturation pressure (P,) is
defined as the pressure difference between thermody-
(P,)

bubblepoint pressure, while the rebound pressure is

namic bubblepoint pressure and pseudo-

defined as the difference between pseudo-bubblepoint
pressure and the maximum pressure after the pseudo-

bUbblepoint pressure (132,136
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Table 1 Compositions of solvents/water/heavy oil systems and measured phase boundaries at different temperatures

Feed Composition, mol% Phase boundary, kPa
T,K Reference
No. CH;, »nCH,, CO, heavyoil water DME LL/ LV LLV/LV LJ/AV AL/ALV
1 0 0 94.4 5.6 0 0 288.65 5175 5097 — —
298.65 6508 6487 — —
304.95 — — — —
2 23.6 0 67.2 9.2 0 0 288.95 4640 4305 — —
298.55 5610 5328 — — [39]
309.55 — — — —
3 0 11.8 83.2 5.0 0 0 288.65 4595 3754 — —
298.65 5560 4750 — —
308.55 6718 5941 — —
4 67.3 0 0 32.7 0 0 298.55 — — 800 —
323.95 — — 1400 —
348.35 — — 2400 —
396.15 — — 5000 —
5 0 62.0 0 38.0 0 0 298.55 — — 230 —
323.95 — — 400 —
348.35 — — 700 —
396.15 — — 1700 — [7]
6 0 82.5 0 17.5 0 0 298.55 — — 240 —
323.95 — — 450 —
348.35 — — 800 —
396.15 — — 2000 —
7 55.4 15.8 0 28.8 0 0 298.55 — — 700 —
348.35 — — 1800 —
396.15 — — 4000 —
8 58.5 0 0 41.5 0 0 323.85 — — 1307 —
9 73.0 0 0 27.0 0 0 323.85 — — 1531 —
10 81.9 0 0 18.1 0 0 323.85 — — 1666 —
11 58.8 0 0 41.2 0 0 298.85 — — 805 —
12 65.6 0 0 344 0 0 298.85 — — 820 —
13 74.4 0 0 25.6 0 0 298.85 — — 880 —
14 67.3 0 0 32.7 0 0 298.85 — — 865 —
323.15 — — 1445 —
348.15 — — 2339 — [22]
396.15 — — 5031 —
15 36.2 0 38.6 252 0 0 280.45 — — 3175 —
298.85 — — 4667 —
318.75 — — 6662 —
16 0 343 31.7 34.0 0 0 298.85 — — 3157 —
318.75 — — 4077 —
347.65 — — 5690 —
391.55 — — 8379 —
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Feed Composition, mol% Phase boundary, kPa
T, K Reference

No. CH; »n-CH, CO, heavyoil water DME LL/LV LLV/LV L/AV AL/ALV

17 8.6 0 18.5 14.0 58.9 0 321.55 — — — 7706
334.35 — — — 9376
344.95 — — — 10624
357.95 — — — 12220
373.15 — — — 13927

18 15.8 0 17.1 12.9 54.3 0 298.95 — — — 4018
309.95 — — — 4881
318.25 — — — 6239
329.85 — — — 7651

19 25.0 0 25.0 50.0 0 0 298.15 — — — 2895 [36]
323.15 — — — 3850
343.15 — — — 4603
363.15 — — — 5375
383.15 — — — 6070

20 6.0 0 6.0 80.0 80 0 298.15 — — — 3202
323.15 — — — 4415
343.15 — — — 5497
363.15 — — — 6721
383.15 — — — 7836

21 0 0 54.5 455 0 0 323.15 — — 7900 —
343.45 — — 9300 —
362.55 — — 11100 —

22 0 0 28.0 72.0 0 0 323.95 — — 3000 —
348.35 — — 3800 —
362.75 — — 4200 —

23 19.6 16.9 34.1 29.4 0 0 296.45 — — 4900 —
317.65 — — 6900 —
327.85 — — 8100 —

[37]

24 16.5 14.2 28.8 40.5 0 0 302.55 — — 4600 —
323.85 — — 6200 —
343.05 — — 7800 —

25 14.7 12.6 25.6 47.1 0 0 322.05 — — 5200 —
342.95 — — 6600 —
362.85 — — 8000 —

26 12.1 10.4 21.2 56.3 0 0 333.75 — — 4800 —
353.75 — — 5700 —
373.35 — — 6700 —
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Feed Composition, mol% Phase boundary, kPa
T, K Reference
No. CH; »n-CH, CO, heavyoil water DME LL/LV LLV/LV L/V AL/ALV
27 81.9 0 0 18.1 0 0 328.7 — — 1800 —
353.2 — — 2980 —
368.7 — — 4090 —
391.2 — — 7340 —
4114 — — 9810 —
430.2 — — 11960 —
28 12.61 0 0 2.79 84.60 0 353.2 — — — 2980
368.7 — — — 4190
391.2 — — — 7390
411.4 — — — 9820
[41]
430.2 — — — 11910
29 0 0 53.2 46.8 0 0 355.5 — — 10400 —
375.0 — — 11010 —
395.9 — — 12090 —
413.2 — — 13080 —
4323 — — 14530 —
30 0 0 4.66 4.09 91.25 0 375.0 — — — 8230
395.9 — — — 8960
413.2 — — — 9570
4323 — — — 10350
31 5.1 0 5.1 8.4 81.4 0 352.05 — — — 6401
364.65 — — — 7271
375.05 — — — 7913 [87]
399.55 — — — 9484
421.55 — — — 10901
32 0 0 0 78.8 0 21.2 348.2 — — 412 —
363.2 — — 521 —
378.2 — — 630 —
393.2 — — 758 —
408.2 — — 885 —
33 0 0 0 58.4 0 41.6 348.2 — — 776 —
363.2 — — 1071 —
378.2 — — 1329 —
393.2 — — 1675 — [9]
408.2 — — 1991 —
34 0 0 0 10.4 82.2 7.4 348.2 — — — 956
363.2 — — — 1284
378.2 — — — 1701
35 0 0 0 10.5 78.3 11.2 348.2 — — — 1263
363.2 — — — 1580
378.2 — — — 2002
36 0 0 0 11.2 65.4 234 348.2 — — — 1554
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52
Feed Composition, mol% Phase boundary, kPa
T, K Reference
No. CH, nCH, CO, heavyoil water DME LL/ALV LLVLV L/AV ALJ/ALYV
363.2 — — — 2334
378.2 — — — 2613
37 0 0 21.8 59.1 0 19.1 352.25 — — 3400 —
366.45 — — 3800 —
378.05 — — 4100 —
393.35 — — 4400
38 0 0 19.5 58.2 0 223 352.35 — — 3300
366.45 — — 3700 —
380.55 — — 4000 —
394.45 — — 4300 —
39 0 0 11.5 58.7 0 29.8 352.35 — — 2300 —
366.45 — — 2700 —
[10]
378.45 — — 2900 —
393.95 — — 3100 —
40 0 0 7.3 21.8 62.6 8.3 351.85 — — — 3500
366.45 — — — 3900
378.45 — — — 4500
393.95 — — — 5000
41 0 0 10.4 20.7 63.7 52 352.35 — — — 4900
366.55 — — — 5300
378.65 — — — 6000
390.75 — — — 6800
Table 2 Compositions of solvents/water/heavy oil systems and measured SF at different temperatures
Feed Composition, mol% Feed Composition, mol%
T,K SF  Reference T,K  SF  Reference
No. CjH, n-CH, CO, he:i‘l'y water DME No. CjH, n-CH, CO, hejivly water DME
4 673 0 0 32.7 0 298.55 1.40 362.55 1.18
323.95 140 220 0 280 720 0 0 32395 1.05
348.35 141 348.35 1.05
396.15 1.42 362.75 1.08
5 0 62.0 0 38.0 0 298.55 1.34 23 19.6 169 341 294 0 0 29645 141
32395 1.35 317.65 1.43
34835 1.37 327.85 1.43
396.15 1.37 [7] 24 165 142 288 405 0 0 30255 1.14 [37]
6 0 825 0 175 0 29855 1.99 323.85 1.15
323.95 2.03 343.05 1.16
348.35 2.07 25 147 126 256 471 0 0 32205 1.09
396.15 1.93 342.95 1.09
7 554 15.8 0 28.8 0 298.55 1.44 362.85 1.10
34835 1.48 26 12.1 104 212 563 0 0 33375 1.03
396.15 1.50 353.75 1.03
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Feed Composition, mol% Feed Composition, mol%
T,K SF  Reference T,K  SF  Reference
No. CH, n-CH, CO, hejivly water DME No. CH, n-CH, CO, hejvly water DME
8 585 0 415 0 0 32385 130 37335 1.03 [37]
9 73 0 27 0 0 32385 1.6 320 0 788 0 212 3482 1.0511
10 819 0 18.1 0 0 32385 191 3632 1.0522
11 588 0 412 0 0 29885 126 3782 1.0538
12656 0 344 0 0 29885 135 3932 1.0563
13 744 0 256 0 0 29885 1.54 4082 1.0581
14 673 0 327 0 0 29885 138 330 0 584 0  41.6 3482 1.1700 .
323.15 138 3632 1.1731
348.15 1.40 [88] 3782 1.1759
396.15 141 3932 1.1792
15 362 386 252 0 0 28045 142 4082 1.1823
298.85 1.47 370 21.8  59.1 0 191 35225 1.132
318.75 149 366.45 1.139
16 0 343 317 340 0 0 29885 137 378.05 1.142
318.75 137 393.35 1.149
347.65 138 33 0 19.5 582 0 223 35235 1.144
391.55 1.38 366.45 1.149
19 250 250 500 0 0 29815 114 380.55 1.151 [10]
323.15 1.14 394.45 1.154
343.15 1.15 [36] 390 1.5 587 0 298 35235 1.159
363.15 1.15 366.45 1.162
383.15 1.15 378.45 1.168
210 545 455 0 0 32315 115 393.95 1.171
[37]
34345 1.15
Table 3 Summary of measured and predicted densities for solvents/water/heavy oil/bitumen systems
AARD, %
Solvent Oil Type State Reference T,K P, MPa NPTS* VT EOS IM-E1* IM-E2°
N, Cold Lake LV [16] 304-371 2.5-10.7 12 1.32 — 0.85
N, Athabasca #1 LV [90] 299-374 1.0-9.8 30 1.46 — 0.72
N, Mackay River LV [91] 358-463 2.0-8.0 16 — — 0.17
Co, Cold Lake LV [16] 288-371 2.1-10.9 23 1.56 1.29 0.99
Co, Surmont LV [92] 323-462 1.1-6.1 24 0.19 0.25 0.28
Co, Mackay River LV [91] 343-463 2.0-8.0 20 — 0.69 0.73
CH, Cold Lake LV [16] 299-377 2.6-10.1 16 0.63 0.54 0.49
CO,+CH, Cold Lake LV [16] 298-377 2.5-10.5 16 0.98 0.80 0.75
CH, Surmont LV [18] 323-463 1.1-8.1 20 0.51 0.28 0.40
CH, Mackay River LV [93] 373-463 1.2-4.8 12 0.49 0.48 0.35
CH,+water Mackay River ALV [93] 373-463 1.2-4.8 12 0.87 0.32 0.30
C,H, Cold Lake LV [16] 296-375 1.0-10.1 19 0.79 1.22 0.67
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5=
AARD, %

Solvent Oil Type State Reference T, K P, MPa NPTS* VT EOS IM-E1* IM-E2°
C,H WC #1 L [94] 293-423 2.5-10.0 18 0.45 0.35 0.20
C,H Surmont LV [95] 324-463 1.0-8.2 27 0.76 0.71 0.25
C,H Mackay River LV [95] 324-464 1.1-8.1 30 0.68 0.45 0.27
C,H JACOS LV [95] 323-423 1.1-8.2 23 0.98 1.28 0.60
C,H Mackay River LV [93] 373-463 1.1-43 12 0.53 0.78 0.48

C,H +water Mackay River ALV [93] 373-463 1.1-43 12 0.62 0.30 0.18
C,Hy WC #1 L [94] 293-448 2.5-10.0 40 1.78 1.04 0.68
C,Hy Surmont LV [24] 323-463 1.1-8.1 17 1.36 0.35 0.41
C,Hy Mackay River LV [93] 373-463 1.2-4.4 12 1.49 0.65 0.67

C,Hg+water Mackay River ALV [93] 373-463 1.2-4.4 12 1.23 0.56 0.67
Water Mackay River AL [93] 373-463 3.0 4 0.45 — 0.32

n-C,H,, WC #1 L [94] 293-448 2.5-10.0 28 — 1.28 0.99

n-C,H,, Surmont LV [94] 373-463 0.8-5.0 16 2.52 1.00 1.16

n-C,H,, Athabasca #2 L [96] 323-483 1.0-1.0 21 — 0.34 0.28

n-CH,, Surmont LV [92] 374-423 0.5-1.5 6 1.72 0.92 1.05

n-C,H,, Surmont L [97] 323-464 2.0-10.0 116 — 0.52 0.54

n-C,H,, WC #1 L [94] 293-448 0.1-10.0 54 — 1.20 0.80

n-CH,, Surmont L [98] 296-463 2.0-10.1 150 — 0.30 0.28

n-CH,, Mackay River L [99] 294-459 2.0-10.0 78 — 2.34 2.29

n-CH,, Athabasca #3 L [28] 328-447 1.5-6.6 30 — 0.20 0.18

cyclohexane WC #2 L [94] 294-448 0.1-10.0 62 — — 0.47
n-C,H, + toluene WC #1 L [94] 294-448 0.1-10.0 94 — — 0.78
n-C.H, Surmont L [25] 295-463 2.0-10.0 145 — 0.62 0.30
toluene Athabasca #4 LV [19] 371-593 0.1-3.6 12 7.56 — 0.02
Toluene + water ~ Athabasca #4 ALV [19] 452-574 1.7-12.5 13 14.67 — 1.38

toluene WC #1 L [94] 293-448 0.1-10.0 95 — — 0.45

toluene Surmont L [17] 294-463 2.0-10.0 200 — — 0.51
DME Surmont LV [100] 373-423 1.1-6.1 13 1.18 — 0.54
DME Athabasca #3 L [28] 328-446 2.0-7.0 46 — — 0.47

— Overall 1649 1.98 1.05 0.73

Note : NPTS" denotes the number of experimental data points.IM-E1° denotes ideal mixing rule with effective density calculated using the equation

of Saryazdi ) or Saryazdi et al."""IM-E2" denotes ideal mixing rule with effective density calculated using the equation of Chen and Yang %)

Table 4 Summary of measured and predicted viscosities for solvents/water/heavy oil/bitumen systems

Power-law
Heavy oil/ Equilibria Viscosity, AAFD’ AAFD’ AAFD'
bitumen Solvent type Reference T, K P, MPa mPars NPTS*, ](jweiglt_ % (Volnume- % /70
ase ;
o bast) (0 g
Surmont Methane LV [18] 323.1-463.4 1.09-8.10 9.2-11900.0 20 -0.300 14.8 -0.182 11.6 53.0
bitumen  Propane LV [24] 323.4-462.9 1.08-8.12  1.93-71.70 17 -0.261 12.1 -0.121 22.9 12.9
n-butane LV [26] 373.3-463.0 0.83-5.00  1.54-17.00 16 -0.282 225 -0.134 19.4 23.5
n-pentane LV [92] 422.3-422.6 0.46-1.49  1.73-6.68 4 -0.199 14.0 -0.070 15.7 52.5
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Power-law
Heavy oil/ Equilibria Viscosity, AAFD’ AAFD’ AAFD’
bitumen Solvent type Reference T, K P, MPa mPa-s NPTS™, éweigilt- . (Vorume- ’ 76
ased :
ey e gy (Crazoo)
Co, LV [92]  323.2-462.9 1.06-6.13  8.32-3663.00 24  -0.222 134 -0.198 16.8 21.6
M;ff;y Methane LV [93] 37324632 1.17-476  8.5-167.7 12 -0.369 87  -0.178 9.5 17.8
bitumen Methane AL,V [93]  373.2-4633 1.17-476  7.7-154.0 12 -0.369 9.0  -0.178 10.1 17.7
Ethane LV [93]  373.2-463.3 1.14-428  6.6-146.2 12 -0.299 11.1 -0.149 16.2 21.4
Ethane AL,V [93]  373.2-463.3 1.14-428  6.0-132.7 12 -0.299 74 -0.149 11.2 19.5
Propane LV [93]  373.2-463.3 1.17-438  2.1-70.4 12 -0.275 13.8  -0.111 9.1 10.4
Propane AL,V [93]  373.2-4633 1.17-438  2.1-81.0 12 -0275 148  -0.111 49 11.3
n-butane LV [93]  373.2-4533 0.88-421  0.7-9.8 10 -0.291 35.1 -0.181 37.5 37.5
n-butane AL,V [93]  373.2-4533 0.88-421  1.4-13.5 10 -0.291 306  -0.181 34.9 33.6
Water AL, [93]  373.2-463.2 3.0 11-254.9 4 — — — — —
Sh‘z:j; Methane LV [101]  298.2-423.2 5.0 5.14-566.00 3 -0.345 304 -0.218 17.5 82.1
oil Methane AL,V [101]  298.2-423.2 5.0 5.00-555.00 3 -0.345 20.5 -0.218 8.2 71.9
Co, LV [101]  298.2-423.2 5.0 4.31-74.60 30215 236 -0.206 14.4 19.0
Co, ALV [101]  298.2-353.2 5.0 19.4-70.0 2 0215 236  -0.206 8.9 10.6
Cold Lake Methane LV [101]  299.8-377.0 2.57-10.08  47-15000 16 -0316 318  -0.172 14.6 89.1
bitumen  Ethane LV [101]  296.1-375.9 1.02-10.07  8.6-3800.0 19 -0254 244  -0.121 15.9 37.1
N, LV [101]  303.9-371.4 2.46-10.66 104-16300 12 -0.244 16.7 — — 17.1
Co, LV [101]  287.9-371.4 2.06-10.94  26-7400 23 -0.189 212  -0.178 12.8 25.1
Overall 258 19.0 15.5 32,6
Table 5 Summary of the experimentally measured solubilities and AARDs!"**!"?)
AARD, %
Hydrocarbons T, K Xye Xy NPTS*
Aqueous phase Oleic phase
Propane 285.3-422.0 2.0x10%-3.7x10*  1.4x10%-7.6x10° 9 10.23 36.90
n-butane 310.9-477.6 6.6x10°-7.4x10*  5.0x10™*-1.1x10™" 6 30.29 24.70
n-pentane 273.2-410.5 1.1x10°-4.8x10°  1.8x10%-6.3x10™ 18 37.83 5.63
n-hexane 273.2-473.2 2.4x10°-2.2x10°  1.9x10*-1.7x10" 34 24.00 6.84
n-heptane 273.2-460.2 5.2x107-2.6x10°  1.9x10*1.7x10° 24 4.62 457
n-octane 273.2-479.5 1.0x107-2.3x10°  2.0x10™*-1.3x107 22 23.10 7.67
n-nonane 288.2-409.8 1.9x10%-2.9x107  6.2x10-7.5x10* 8 26.65 2.92
n-decane 293.2-475.2 3.3x10°-2.6x10°  5.1x10-9.8x107 7 5474 6.60
n-dodecane 298.2-313.2 3.6x1071°-3.6x10"°  7.5%10*-1.4x107 2 30.59 5.33
n-tetradecane 298.0-298.0 2.4x1070-2.4x101° — 1 61.93 —
n-hexdecane 293.0-313.0 1.8x107°-1.8x107°  1.1x1073-3.6x10° 5 79.33 14.80
n-eicosane 298.0-298.0 1.4x1071°-1.4x107"° — 1 67.66 —
Overall 26.69 9.09
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Table 6 Summary of the experimental database of mass transfer

Feed ..
Composition, mol% Inmalk
No. pressure, kPa T, K Reference
CO, C,Hg n-C,H,, heavy oil
42 74.05 0 0 25.95 3741
43 60.94 11.28 0 27.78 3799 294.55 [114]
44 35.67 0 471 59.62 1128
45 70.88 0 0 29.12 298.55
46 73.94 0 0 26.06 5400 317.65 [115]
47 67.35 0 0 32.65 336.65
48 78.21 0 0 21.79 330.95
[116]
49 62.91 15.97 0 21.12 5500 331.15
50 48.61 26.28 0 25.11 329.25
51 0.00 0 30.71 69.29 5400 329.65
[117]
52 65.86 0 7.09 27.05 5520 329.15
53 61.32 10.57 4.24 23.87 5540 329.25
Table 7 Comparison of molecular diffusion coefficients in different oils
Gas system Crude oil Viscosity, cP P, kPa T, K Diffusion coefficient, 10"’ m%*s Reference 7
3741-3371  294.55 4.30 [114]
298.55 6.17 [115]
Lloydminster heavy oil ~ 12854@294.55 K
5400 317.65 14.97 [117]
336.65 21.01 [115]
323.15 5.00
Athabasca bitumen 361700@293.15 K 5000 [118]
348.15 7.10
323.15 2.20-3.10
4000
. 348.15 3.40-4.90
Athab?sca bl)tumen 821000@298.15 K
SYN 323.15 3.60-5.20
8000
348.15 6.90-8.90 [119]
323.15 2.20-3.30
4000
Athabasca bitumen(SCF) 224500@298.15 K 348.15 3.51-5.02
Co, 8000 323.15 5.42-7.28
Athabasca bitumen 100000 @323.15 K 3805 323.15 3.60 [120]
Athabasca bitumen ~2000000@294 K 3100-5600 294.15 1.20-2.40 [121]
Lloydminster heavy oil ~ 12854@294.55 K 5500 330.95 21.00 [116]
Lloydminster heavy oil  20267@297.05 K 3500-4200 297.05 4.60-5.30 [122]
3000 2.30
4000 2.80
Lloydminster heavy oil ~ 23000@297.05 K 297.05 [123]
5000 3.20
6000 5.50
Lloydminster heavy oil ~ 12854@294.55 K 3950 293.85 5.54 [124]
Lloydminster heavy oil  13,924@294.55 K 3945 293.85 5.55 (CO,) 7.48 (C;H,) [125]
Lloydminster heavy oil ~ 7176@299.65 K 855-817 299.65 4.26* [126]

Lloydminster heavy oil ~ 7176@299.65 K 854-783 299.65  4.06* (CO,) 16.63* (C,Hy) [126]
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Gas system Crude oil Viscosity, cP P, kPa T, K Diffusion coefficient, 10"’ m*s Reference 7
Lloydminster heavy oil ~ 23000@297.05K  400-900  297.05 0.90-6.80 [123]
Lloydminster heavy oil ~ 20267@297.05K  500-730  297.05 7.90-11.00 [122]
Lloydminster heavy oil ~ 24137@297.05K  200-800  297.05 0.53-4.90 [127]
C,H, Lloydminster heavy il 13144@290 K 400-600  298.00 2.12-3.59 [128]
413.7 0.26
MacKay bitumen ~ 127868@297.05 K 297.15 [129]
827.4 4.17
Cactus Lake heavy oil ~ 724.15@299 K 400-600  303.00 6.95-8.93 [130]
n-C,H,, Lloydminster heavy oil  13144@290 K 100-150  298.00 1.10-1.84 [128]
n-C,H,, Lloydminster heavy oil ~ 12854@294.55 K 529 329.65 7.01 [116]
70 mol% CO, 30 mol% C;H;  Lloydminster heavy oil ~ 23000@297.05 K~ 1003-3005  297.05 0.82-8.20 [123]
1.05 (CO,) 13.70 (C,H,)
[114]
o 3775
84.38 moif’ €0, Lloydminster heavy oil ~ 12854@294.55 K 3799-3349  294.55
15.62 mol% C,H, 4.06 (CO,) 13.34 (C,H,)
[114]
4.63%*
1.01 (CO,) 15.30 (n-C,H,,)
[114]
0 0 4.90%*
88.33 mol% CO, 11.67mol% | inster heavy oil  12854@294.55 K 1128982 294.55
n-CHy 1.92 (CO,) 13.41 (n-CH,,)
[114]
2.88%
0 0 10.00 (CO,) 14.40 (C,H,)
79-75 mol%C0, 2025 mol% | imingter heavy il 12854@294.55K 5500 33115 ’ nr [116]
C,H, 11.99%*
0 0 9.36 (CO,) 22.37 (C,H,)
64.90 mol%CO, 35.10mol% | 0 4 ircter heavy oil  12854@294.55K 5500 329.25 ’ e [131]
C.H s
3tg 16.30
0 . 19.50 (CO,) 27.50 (n-C,H )
90.29 mol% CO, 9.7 mol% n- | 0y inster heavy ol 12854@294.55 K 5520 329.15 ’ S
CHy, 23.80%*
7.02 (CO,) 26.53 (C,H,)29.04
80.55 mol% CO, 13.88 mol% . . (n-C,H,.)
C,H,5.57 mol% n-C H,, Lloydminster heavy oil ~ 12854@294.55 K 5540 329.25 ) 748*1: [117]

*Note: porous medium is involved **Note: Apparent diffusion coefficient of gas mixture

Table 8 Compositions of nonequilibrium CCE experiments at constant volume expansion rate "*!

Feed Composition, mol% K P KkPa P kPa P kPa Expansion vol- Rebound pressure,
No. CH, co, CH, heavy oil ’ b’ b’ s ume rate, cm’/hr kPa
54 0 27.7 0 72.3 303.3 2172 1413 758 0.3 110
3235 2661 2055 607 0.3 28
342.8 3351 2682 669 0.3 0
55 0 19.7 28.7 51.6 303.3 2220 1558 662 1.5 69
3235 2972 2103 869 1.5 193
342.8 4054 3696 359 1.5 34
342.8 4054 3971 83 0.8 21
56 14.4 0 0 85.6 342.8 4061 3061 1000 0.2 0
342.8 4061 2717 1344 0.4 0
342.8 4061 2392 1669 0.8 0
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Table 9 Compositions of nonequilibrium CCE experiments with constant pressure decline rate!**"**
it 0, . .
T Tk nn e rae e s s S8
No. CH, CO, C,Hg  heavy oil
57 0 30.4 0 69.6 303.3 2250 2100 150 12 0.852 0.40
303.3 2250 1200 1050 20 1.423 0.41
3234 2750 2150 600 20 0.756 0.26
58 8.8 0 29.0 62.2 3234 2900 2500 400 20 2.156 0.32
342.7 5000 4700 300 20 1.298 0.06
59 8.8 14.1 0 77.1 342.7 4978 3516 1462 20 2.298 0.64

3 Theoretical Improvements

Because of its good accuracy and simplicity in
the petrochemical industry, the PR EOS has been one
of the most successfully applied models for calculat-
ing thermodynamic properties of pure substances and

#1370 Modifications have been made to

their mixtures '
improve accuracy and performance of the PR EOS.
The improvements have been grouped into four main
categories: (1) alpha function; (2) acentric factor;
(3) BIP; and (4) mixing rules, allowing the PR
EOS to be more applicable to complex conditions
with good and consistent accuracy.
3.1 Alpha Function

Numerous studies have been performed to
modify alpha function to improve the prediction of va-

137 There are two

pour pressure for a pure substance
basic forms of alpha functions, i.e., the Soave-
type ' and the logarithm-type *”". These two types of
alpha functions have limits, including one of which is
only applicable to light to medium hydrocarbons"**'.
Based on the vapour pressure database of 59 non-
hydrocarbons and hydrocarbons, including heavy al-
kanes up to n-tritetracontane (n-C,,;Hy) , the recently
improved alpha function developed by Li and
Yang'*', which combines the characteristics of both
the Soave-type and the logarithm-type function, leads
to more accurate calculation of vapour pressures for
the 59 chemical species and 1165 data points with an
average absolute relative deviation (AARD) of
1.90% and a maximum absolute relative deviation
(MARD) of 21.22%. It is reported that the newly de-
veloped alpha function leads to the best prediction of

the vaporization enthalpy with an AARD of 3.92%

compared with the other existing alpha functions
evaluated . Later on, such a modified alpha func-
tion has been applied to accurately predict phase be-
haviour and physical properties not only for light hy-
drocarbons and non-hydrocarbon substances, but also

for heavy hydrocarbons by treating heavy oil as single

PC [7.21,88,124-126 9-10,36-37,115,117,132,139-140]

"and multiple PCs' )
The Soave-type alpha function used in the origi-

nal PR EOS is expressed as,
= 14(0.37464+1.542260-0.26990)(1-T"*)]" (1a)
where « is the alpha function, 7, is the reduced tem-
perature, and w is the acentric factor.
The newly modified alpha function with an acen-
tric factor defined at T, = 0.7 is formulated as fol-
lows '/,

0.13280-0.05052w+
(1-1))
0.25948w?

(T w)=exp 0.31355+1.86745w—) ’

0.52604w’

(7]

i
+0.817691In

(1b)
Another newly modified alpha function with an

acentric factor defined at 7', = 0.6 is formulated as fol-

lows #/,
(0.34580—0.59720061&) (1)
0.27040w
(T Fexp . +( —0.53261+1.75415w—) ’
+0.920301n 0.40127w*

(/7)

(1c)

It is interesting to note that Eq. 1c yields much
better prediction accuracy of vapour pressures of po-
lar or nonpolar non-hydrocarbon compounds, light

hydrocarbons and heavy hydrocarbons than those of
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Eq. 1b.

Subsequently, Chen and Yang'® expanded va-
pour pressure database to 1880 data points and pro-
posed a new alpha function with an acentric factor de-
finedat T, = 0.6, i.e.,

(0.33730-0.26346w + 0.05297w?) (1-T.,)

~0.42587 + 1.16423w —) ’
0.10857w’

(-7)

o =ex

p 1 (
+1.017111n

(1d)

As pointed by Peng and Robinson, a modified
alpha function which can accurately reproduce the wa-
ter vapour pressure is able to significantly improve
the calculation accuracy of phase equilibrium for
aqueous phase**’. As for water-involved mixtures, a
new alpha function for water compound is modified
by improving its prediction for water vapor pressure
in a temperature range of 273.16-647.10 K with an
overall AARD of 0.07%, while it is formulated as fol-
lows 2,

ano=[ete(1-T,)=e,(1-T))+e,(1-72)] (2)
where T, is the reduced temperature of water, ¢,=
1.00095, ¢,=0.39222, ¢,=0.07294, and ¢,= 0.00706,
respectively.

It is found that the newly modified alpha func-
tion is able to predict the CO, solubility in water with
an overall AARD of 6.12% . Also, such obtained
alpha functions together with four volume translation
(VT) strategies have been comparatively evaluated
with different heavy oils saturated with the aforemen-
tioned solvents, showing excellent performance in

[139]

predicting their saturation pressures and densi-

! by treating heavy oil/bitumen as one PC and

ties'
multiple PCs, respectively.
3.2 Acentric Factor

The acentric factor, which reflects the deviation
of acentricity or non-sphericity of a compound mol-
ecule from that of a simple fluid, imposes a signifi-
cant impact on the alpha function in the PR EOS. The
acentric factor originally developed by Pitzer and de-
fined at a reduced temperature of 0.7 is formulated as
follows ',

w =-log(P,) -1 (3a)

7,=07

It is found that the generalized correlation of
acentric factor proposed by Pitzer defined at a re-
duced temperature of 0.7 is able to accurately predict
the vapour pressures at reduced temperatures between
0.7 and 1.0; however, it is less accurate in represent-
ing the characteristics of heavy hydrocarbons when a
temperature is much lower than 70% of its critical

temperature ',

To balance the characterization of
both light and heavy hydrocarbons, the acentric fac-
tor has been redefined at a reduced temperature of 0.6
instead of 0.7 as initially defined by Pitzer'®', which
is expressed as ¥,

o' =-log(P,) -1 (3b)

T,=06

Compared to the evaluated alpha functions used
for the PR-EOS, it is found that the newly developed
alpha function (i.e., Eq. 1b) with the redefined acen-
tric factor (i.e., Eq. 3b) yields a much better predic-
tion of vapor pressures for the 59 pure substances *.
3.3 BIP

For solvent/heavy oil pairs, the BIPs are usually
obtained by tuning then to match the experimentally
measured saturation pressures or solvent solubilities
in heavy oil for the solvent-heavy oil mixtures
Specifically, the solubility data of CO,/heavy oil,
C,Hy/heavy oil, and n-C,H,/heavy oil are used to de-
velop the BIP correlations for further calculation of
phase behaviour and physical properties of petroleum
fluids. The BIP correlations of the solvent-heavy oil
pair developed by Li et al.'' are respectively ex-
pressed by,

8,, = —0.4560T/T,, + 0.1817 (4a)

co

8, =-02331T/T,, + 0.1198 (4b)

8,,=—-0.5462T/T ,-0.45965G,-0.0238w,+0.7523 (4c)
where 6,,, 8,,, and &, are the BIPs between C,H, and
heavy oil, n-C,H,, and heavy oil, CO, and heavy oil,
respectively, T, SG,, and w, are the critical tempera-
ture, specific gravity, and acentric factor of the Lloy-
dminster heavy oil, respectively.

Li and Yang'? developed a new polynomial
temperature-dependent BIP correlation between CO,
and water in the presence and absence of hydrocar-
bons by matching CO, solubility in water in a tem-
perature range of 273.15 to 448.15 K and pressure as
high as 100 MPa. Their new polynomial BIP correla-
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tion is provided as follows,
=-1.104324 + 2.040527T, - 1.417707T? +

0.3790037"} (5)
3.4 Mixing Rule

Mixing rules are introduced to extend the appli-

5%
€O, modified

cation of the EOSs to mixtures. As for mixtures con-
taining polar components, the classical mixing rules
are limited to predict the mixture properties because
they are inappropriate to represent the hydrogen
bonds and polar interactions "', The Huron-Vidal
mixing rule is non-classical one, which is widely
used because it yields better prediction of the phase
behaviour and mutual solubility between water and
solvents in comparison with the classical mixing

rule [30-31,143]

. Furthermore, the Huron-Vidal mixing
rule only has few unknown parameters, while it can
be reduced to the classical mixing rule, which is con-
sidered as one of the significant advantages.

The parameter a for the Huron-Vidal mixing rule

is defined as ™%,

& [ a; GE
“zb{zy"(b.)Jr)\}

i=1

(6)

where A is an EOS-dependent parameter, and GZ is

the excess Gibbs free energy at infinite pressure,

which are provided as follows "/,

A=t m(ﬁ”) (7)
2v2 \W2 -1
N,
cr L Zyjbiji eXp(_afiT.fi)
Ry = 20 (8)
1=1
Eykbk eXp(_akiTkl)
k=1
where o« is the interaction parameter, o« =0,

a; = a;, and the parameter 7, for the Huron-Vidal

y Jb

mixing rule is expressed as,

Tﬁ — gjiI;Tgii (9)

where g, is the energy parameter, J/mol, while g;
and g, as a function of temperature are provided as

follows '*,

gi-g=(g-g)+T(gl-g!) (10a)

g —gi= (g - i)+ T(gl - gl)  (100)
It is important to note that the Huron-Vidal mix-
ing rule can apply to both polar and non-polar sub-

stances, while it can be simplified as the classical

mixing rule when polar substances are not present in a

mixture.

4 Results and Discussion

4.1 Phase Boundary

144

CO/heavy oil system. Li et al.'"** applied the
VT PR EOS together with the modified alpha func-
tion to determine saturation pressures for binary CO,-
heavy oil systems, while the details are tabulated in
Table 1. Figure 1 presents the measured and predicted
saturation pressures for the aforementioned systems
(i.e., Feeds #21 and #22). It can be observed that the
saturation pressure increases with temperature for a
given feed, indicating that at a specific reservoir pres-
sure, the solubility of CO, in heavy oil at a lower tem-
perature is larger than that at a higher temperature. As
for applying the modified PR EOS by Li et al."* to-
gether with the characterized six PCs of heavy oil and
new improved BIP correlation for binary CO,-heavy
oil systems, Feeds #21 and #22 have a generally
good agreement between the measured and calculated
ones, which can be observed in Figure 1 with an over-
all AARD of 4.6% "7,

C;Hy/heavy oil system. Figure 2 compares the
measured saturation pressures and their predicted
ones for the C,H-heavy oil system (see Feeds #8-#13
in Table 1) at the temperature of 298.85 and
323.85K, respectively. As can be seen, the saturation
pressure increases with an increase of the mole per-
centage of C;H; at the same temperature, whereas it
increases with temperature for a C,Hg-heavy oil mix-
ture. Overall, the PR EOS model with the modified

12000 o Measured for Feed #21
— Predictied for Feed #21
s A Measured for Feed #22
a 10000 - — Predictied for Feed #22
= [ ]
~
2
72 8000 [ e
¢
[=9
8 6000 [
g
2
3 4000 | /
A
2000 1 1 1 1 J
320 330 340 350 360 370
Temperature/K

Figure 1 Comparison of the measured saturation pressures of
CO,/heavy oil systems and the predicted ones
(Modified from [37]).
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2500
e  Measured saturation pressure for Feeds #8-#10
—— Calculated saturation pressure for Feeds #8-#10
2000 A  Measured saturation pressure for Feeds #11-#13
< —— Calculated saturation pressure for Feeds #11-#13
=
D)
% 1500 /
5 o
&
1000
A/
500 1 1 1 1 1 J

55 60 65 70 75 80 85
Mole percentage of C;Hy/ mol%

Figure 2 Comparison of the measured and calculated
saturation pressures for binary C;H/heavy oil system with
Feeds #8-#10 at 323.85 K and with Feeds #11-#13 at
298.85 K, respectively (Modified from [142])
alpha function is able to accurately predict the satura-
tion pressure with an AARD of 2.82% for the experi-

mental data points in Figure 2.

n-C H,/heavy oil system. Figure 3 compares the
measured and calculated saturation pressures for the
n-C,H,/heavy oil systems (see Feeds #5 and #6 in
Table 1). It can be found from Figure 3 that the mea-
sured and calculated saturation pressures match well,
although the accuracy is reduced at temperatures
close to the critical temperature of n-C,H,,. As for the
deviation near the critical temperature, it might be be-
cause the PR EOS model is less accurate when used
for modelling »n-C,H,/heavy-oil phase behaviour at
temperatures close to the critical temperature of n-
CH, "

C,Hy/n-C,H,/COheavy oil system. The PR
EOS incorporated with the modified alpha function is
used to quantify the phase behaviour of the quater-
nary systems by characterizing heavy oil as six
PCs """ The measured saturation pressures for each

of four quaternary feeds are presented in Table 1. The

2500 -
A Measured saturation pressure for Feed #5
—— Calculated saturation pressure for Feed #5

&£2000 F e Measuredsaturation pressure for Feed #6 .
4 Calculated saturation pressure for Feed #6
2

71500 -

%

2

a

S1000

E

2

& 500 -

0
280 300 320 340 360 380 400
Temperature/K

Figure 3 Comparison of the measured and predicted
saturation pressures for binary n/C,H,-heavy oil system with
Feed #5 and Feed #6 (Modified from [7])

AARD for predicting the twelve measured saturation
pressures of quaternary systems (i.e., Feeds #23-#
26) by using such BIP matrix is computed to be
27.3%, implying that the prediction accuracy for qua-
ternary systems shall be further improved by perform-
ing the tuning process.

The measured and predicted saturation pressures
of Feeds #23-#26 at a temperature range of 296.45-
373.35K are plotted in Figure 4. The predicted satura-
tion pressures agree well with the measured data, re-
sulting in AARDs of 3.8%, 7.6%, 7.5%, and 7.7%,
respectively. Each AARD is less than 10%, proving
that the PR EOS incorporated with modified alpha
function can accurately predict the phase behaviour of
the aforementioned system.

C,H/CO water/heavy oil system. Figure 5 de-
picts the measured and calculated phase boundary
pressures of C,Hy/CO,/water/heavy oil systems. As
can be seen, the experimentally measured and theo-
retically calculated three-phase AL,V boundary pres-
sures match quite well with each other, illustrating
the newly developed isenthalpic flash algorithm is ac-
curate in describing phase boundaries of the afore-
mentioned systems **'*/. Also, it is found that the
phase boundary pressure is reduced with an increase
of water content in the aforementioned systems.

DME/heavy oil system. The tuned BIP,,,, ., "' is
used to regenerate the experimentally measured satu-
ration pressures of Feeds #32 and #33 for the two
DME/heavy oil mixtures with the corresponding com-
parison of the calculated and measured saturation
pressures. Good agreements can be found from the

root mean square relative error (RMSRE) within

16 000
e Measured saturation pressure for Feed #23
14000 b — Calculated saturation pressure for Feed #23
A Measured saturation pressure for Feed #24
—— Calculated saturation pressure for Feed #24

<
[=5]
2
> 12000 m Measured saturation pressure for Feed #25
= —— Calculated saturation pressure for Feed #25
2 10000 # Measuredsaturation pressure for Feed #26
2 —— Calculated saturation pressure for Feed #26
)
‘g 8000 - A u
‘g > u *
E 6000 A -
a A - .
4000 -
2000 1 1 1 1 )
280 300 320 340 360 380

Temperature/K

Figure 4 Comparison of the measured and predicted
saturation pressures for quaternary C,H,/n-C,H,,/CO,/heavry
oil systems with Feeds #23-#26 (Modified from [37]).
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£ — calculated (Feed #17)
4000 - A Measured (Feed #18)
— Calculated (Feed #18)
2000 = Measured (Feed #31)
— Calculated (Feed #31)
0 1 1 1 )
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Temperature/K

Figure 5 Comparison of the measured and predicted
saturation pressures for quaternary C,H,/CO,/water/heavry
oil systems with Feeds #17, #18, and #31
(Modified from [36,146]).

2.88% for a total of 10 data points, indicating that the
developed thermodynamic model is able to accurately
calculate the saturation pressures for DME-heavy oil
systems.

DME/water/heavy oil system. Non-classical mix-
ing rules are commonly needed to describe phase be-
haviour and physical properties of petroleum fluids
containing polar components. The experimentally
measured saturation pressures for Feeds #34 through #

10]

36 are listed in Table 1. Huang et al.'"”’ compared the
experimentally measured and theoretically calculated
saturation pressures for the aforementioned mixtures
by implementing the PR EOS associated with the van
der Waals and Huron-Vidal mixing rules, respec-
tively. Similar to the DME/heavy oil mixtures, it is
found that the saturation pressures of DME/water/
heavy oil mixtures increase with temperature, indicat-
ing that the amount of DME dissolved in the oleic
phase is reduced with an increment of temperature.
Comparing the saturation pressures of Feed #34 with
those of Feed #33, it can be observed that adding wa-
ter to the DME/heavy oil mixture leads to an increase
in saturation pressure. This is because water mol-
ecules evaporate into the vapour phase at high-

U4 Tt can

temperature and low-pressure conditions
also be found that the system saturation pressures in-
crease with the DME concentration in the mixture. In
addition, a good agreement is observed between the
measured saturation pressures and calculated ones ob-
tained by the Huron-Vidal mixing rule (overall
RMSRE: 5.08%) , while there exist large deviations

for the van der Waals mixing rule (overall RMSRE:

17.87%) , implying that the PR EOS and the non-
classical mixing rule can reproduce the saturation
pressures with an acceptable accuracy for the DME/
water/heavy-oil mixtures. The details of the compari-
son of these three mixing rules can be found else-
where ",

DME/CO/heavy oil system. Figure 6 shows the
experimentally measured and theoretically calculated
saturation pressures of DME/CO,/heavy oil mixtures.
It should be mentioned that the tuned BIP between
DME and heavy oil is 0.013, while the BIP between
CO, and DME is from the literature "'“”. It can be seen
that the calculated saturation pressures match quite
well with the measured ones, indicating that the de-
veloped model can be used to predict the saturation
pressures for DME/CO,/heavy oil mixtures.

DME/COywater/heavy oil system. Figure 7
plots the comparison of the measured and calculated
saturation pressures of DME/CO,/water/heavy oil

mixtures by applying the van der Waals and Huron-

5000
4000
<
&
~
N
% 3000
] Measured (Feed #37)
E — Calculated (Feed #37)
2000 L ¢ Measured (Feed #38)
—— Calculated (Feed #39)
= Measured (Feed #39)
—— Calcualted (Feed #39)
1000 ' ' ' '
340 360 380 400 420

Temperature/K

Figure 6 Comparison of the measured saturation pressures of
DME/CO,/heavy oil systems and the predicted ones by using
the modified PR EOS (Modified from [147]).

8000 -
Measured (Feed #41)
®  Measured (Feed #40)
7000 —— Calculated by HV
A mixing rule (Feed #41)
< —— Calculated by vdW
v 6000 mixing rule (Feed #41)
> —— Calculated by HV
5 mixing rule (Feed #40)
A —— Calculated by vdW
E 5000 - mixing rule (Feed #40)
4000
3000 1 1 1 1 J
340 360 380 400 420 440

Temperature/K

Figure 7 Comparison of the measured saturation pressures of
DME/CO,/water/heavy oil systems and the predicted ones by
using the PR EOS incorporated with the van der Waals (vdW)
and Huron-Vidal (HV) mixing rules, respectively
(Modified from [147]).
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Vidal mixing rules, respectively. As can be seen, the
predicted results obtained from the Huron-Vidal mix-
ing rule are much better than those from the van der
Waals mixing rule. As for the two feeds (i.e., Feeds #
39 and #40) , the overall RMSRE obtained from the
Huron-Vidal mixing rule is 4.90%, compared to
8.59% obtained from the van der Waals mixing
rule' ™",

4.2 SFs

Because SF is an essential parameter in simulat-
ing and optimizing heavy-oil-recovery processes in-
volving solvent utilization, its measurement and pre-
diction is of important significance "**'.

COy/heavy oil system. As for the swelling factor
for CO,-heavy oil systems, it is found that the SFs
are insensitive to temperature but mainly influenced
by the CO, concentration in a given system. The PR
EOS with and without the volume shift is applied in
each characterization scheme (i.e., Feeds #21 and #
22 in Table 1) *"* while the measured swelling fac-
tors can be found in Table 2. For the scheme of treat-
ing heavy oil as a single PC, the AARD for the pre-
dicted swelling factor can be improved from 2.71%
(without volume shift) to 1.88% (with volume
shift). For the scheme of treating heavy oil as six
PCs, both scenarios can accurately predict the swell-
ing factor with the AARDs of 1.79% (without vol-
ume shift) and 1.39% (with volume shift) , respec-
tively. In summary, the volume translated PR EOS
coupled with the six PCs of heavy oil is the most reli-
able model to reproduce the phase and volumetric be-
haviour of CO,-heavy oil systems.

C,Hy/heavy oil system. The modified PR EOS

148]

model in conjunction with the Peneloux et al."'**’ vol-

ume translation strategy is used to predict the swell-
ing factors for C,H-heavy oil system by Li et al.!"*/,
The compositions can be found in Table 1 (Feeds #8-#
13). The comparison of the measured and calculated
swelling factors for the aforementioned mixtures can

371451 - Ag can be seen, the model

be found elsewhere'

is able to accurately predict the swelling factors with

an AARD of 1.38% for the ten measured data points.
n-C,H,/heavy oil system. The comparison of the

measured and calculated swelling factors for Feeds #5

and #6 are provided by Li and Yang'”. As can be
seen, the swelling factors for n-C,H,/heavy oil sys-
tems are accurately predicted with an AARD of
2.78%. One exception with an AARD of 14.57% is
found at 396.15 K for Feed #6, which might be
caused by the experimental uncertainty. In addition,
the dissolution of n-C,H,, in heavy oil can lead to a
large swelling factor.

C;Hyn-C,H /heavy oil system. The comparison
of measured and calculated swelling factors for the
aforementioned mixtures are provided by Li and
Yang'”'. The details of the experimental data can be
found in Table 1 and Table 2 (Feed #7). The mea-
sured swelling factors at 298.55K, 348.35K, and
396.15K are measured to be 1.44, 1.48, and 1.50, re-
spectively. Although saturation pressure prediction for
the ternary system is not as good as that of the afore-
mentioned binary systems, the swelling factor predic-

148

tion by applying the Peneloux et al.""** volume trans-

lation strategy is still accurate enough with an AARD
of only 1.98%.
C,Hy/n-C,H,/COheavy oil systems. The VT

148]

technique """’ is used to correct the molar volume ob-

tained from the PR EOS, and then calculate the swell-
ing factors for each of four quaternary feeds, which
are tabulated in Table 1 (i.e., Feeds #23-#26) 7',
The measured and predicted swelling factor of Feeds #
23-#26 at temperatures from 296.45 to 373.35K are
plotted in Figure 8. The predicted swelling factors
agree well with the measured data, resulting in
AARDs of 3.3%, 4.1%, 5.4%, and 5.2%, respec-
tively. It is worthwhile noting that the swelling factor

is found to be less sensitive to temperature compared

2.0

e Measured swelling factor for Feed #23
—— Calculated swelling factor for Feed #23
A Measured swelling factor for Feed #24
L5 —— Calculated swelling factor for Feed #24
m  Measured swelling factor for Feed #25
—— Calculated swelling factor for Feed #25
¢ Measured swelling factor for Feed #26
—— Calculated swelling factor for Feed #26
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(=}
T

. . °
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Figure 8 Comparison of the measured and predicted
swelling factor for quaternary C,H,/n-C,H,,/CO,/heavy oil
systems with Feeds #23-#26 (Modified from [37]).
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with saturation pressure, while it mainly depends on

the concentration of solvents dissolved in heavy oil.
DME/heavy oil system. The experimentally mea-

sured SFs for Feeds #32 and #33 with applying the

) are listed

VT strategy proposed by Peneloux et al.'
in Table 2 and Figure 9. Huang et al."”’ compared the
experimentally measured and theoretically calculated
SFs for the aforementioned mixtures, indicating that
the experimentally measured and theoretically calcu-
lated SFs are a function of temperature for Feeds #32
and #33 with a DME concentration of 21.2 and 41.6
mol% , respectively. As can be seen, the dissolution
of DME in heavy oil results in a strong swelling ef-
fect. It is found that DME has a comparable swelling
effect compared with propane and CO,, illustrating
that DME can be applied as a potential alternative sol-
vent for heavy oil recovery. In general, the thermody-
namic model in combination with the VT strategy pro-
posed by Peneloux et al.''*' is accurate in determin-
ing the measured SFs with a reasonable RMSRE of
0.92% for two feeds of the DME/heavy-oil mixtures
with a total of 10 experimental measurements.
DME/COyheavy oil systems. The experimen-
tally measured and theoretically calculated SFs for
Feeds #37-#39 by employing the Péneloux VT strat-
egy are listed in Table 2. Also, Figure 10 compares
the aforementioned SFs in a temperature range of
352.25-393.95 K for Feeds #37-#39 at different DME
and CO, concentrations. As can be clearly seen from
Figure 10, the dissolution of DME and CO, in heavy
oil leads to a strong swelling effect with SFs higher
than 1.1 for all the three feeds at the tested tempera-

tures. Also, it is found that the SFs increase slightly

1.30
®  Measured swelling factor for Feed #33
— Calculated swelling factor for Feed #33
125 A Measured swelling factor for Feed #32
—— Calculated swelling factor for Feed #32
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Figure 9 Comparison of the experimentally measured and
theoretically predicted swelling factors for Feeds #32 and #33
(Modified from [10]).

with temperature for each feed. Compared Feed #39
with Feed #37, it is observed that the former has
much higher SFs at the same temperature, though
they have similar total solvent concentrations. For ex-
ample, Feed #37 has an SF of 1.139 at 366.45 K,
while Feed #39 has an SF of 1.162 at the same tem-
perature. This is ascribed to the fact that DME has a
stronger swelling effect than CO,. In general, the SFs
obtained by the theoretical model in this work match
well with the experimental measurements.
4.3 Density

As can be seen from Table 3, it is found that
both IM-E (the ideal mixing rule with effective den-
sity) and the volume-translated PR EOS are accu-
rately enough to predict densities, while the former is
better than the latter. More specifically, the volume-
translated PR EOS, IM-E1 (ideal mixing rule with ef-
fective density calculated using the equation of Sary-
azdi'"' or Saryazdi et al."®' ), and IM-E2 (ideal
mixing rule with effective density calculated using the
equation of Chen and Yang'*') all yield accurate pre-
dictions of densities for the aforementioned mixtures
except for the case of toluene/heavy oil/bitumen/wa-
ter mixture density calculated using the volume-
translated PR EOS. IM-E2 is better than IM-E1 with
their AARDs of 0.73% and 1.05%, respectively,
both of which are more accurate than the volume-
translated PR EOS (the AARD is 1.98%). The densi-
ties of water-containing mixtures can be well pre-
dicted using the VT PR-EOS and ideal mixing rule (i.
e., IM). Overall, IM-E1 underestimates most of the
mixture densities, while, by tuning, IM-E2 can im-

prove the predictions. IM-E2 works well for not only

1.3

e Measured swelling factor for Feed #39
Calculated swelling factor for Feed #39
A Measured swelling factor for Feed #38
Calculated swelling factor for Feed #38
m  Measured swelling factor for Feed #37
Calculated swelling factor for Feed #37

1.2

Swelling factor

360 370 380
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390

Figure 10 Comparison of the experimentally measured and
theoretically predicted swelling factors for Feeds #37-#39
(Modified from [6,10,14]).
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C, through n-C, and CO,, but also N,, toluene, and

cyclohexane which have not been covered by Sary-

149] 150]

azdi"'”’ and Saryazdi et al.'™. The tangent-line
method seems to be more general (applied to more
substances) and more flexible (tunable) than the ex-
trapolation method proposed by Saryazdi''*".

It should be noted that, for toluene-containing
systems at temperatures above 450 K, the volume-
translated PR EOS yields a large deviation for the pre-
dicted density, which may be due to the uniqueness
of toluene/heavy oil/bitumen mixtures at high tem-
peratures (e.g., asphaltene is soluble in toluene but
insoluble in other solvents) ',

4.4 Viscosity

As for a gas-liquid mixture, numerous correla-
tions have been proposed to determine the mixture
viscosity, but each of them has application con-
straints. It is found that both the weight-based and
volume-based power-law mixing rules are able to ac-
curately predict viscosities for n-pentane/ n-hexane-
bitumen mixtures where the solvents are in the liquid

20.15112) - Similar conclusions can also be found

phase '
through the comparison of Table 4, which shows the
detailed

volume-based power-law mixing rules, and weight-

comparisons among the weight-based,
based Cragoe’ s mixing rule. As can be seen from the
comparison of the 258 measured viscosities listed in
Table 4, the aforementioned three mixing rules to-
gether with the effective density provide good perfor-
mance, while the volume-based power-law has the
best accuracy with an AARD of 15.5%, followed by
the weight-based power law with an AARD of
19.0%, and the weight-based Cragoe’ s mixing rule
has the largest AARD of 32.6%'"**™* It is worth-
while noting that the PR EOS together with the modi-
fied alpha function and effective density makes it pos-
sible to quantify viscosity of the aforementioned mix-
tures as a function of pressure, temperature, and con-
centration with any reservoir simulators, respec-
tively 55156
4.5 Solubility

As for the database of n-alkane-water pairs
shown in Table 5, the model developed by Chen and

Yang " yields good performance for the measured

X, and X, respectively. With respect to the pre-
dicted X,,., large deviations are found for n-decane-
water, n-tetradecane-water, n-hexadecane-water,
and n-eicosane-water pairs, owing to the fact that few
data points can be found in the literature to develop
the prediction models. With regard to the predicted
X, accurate predictions can be found except for
propane-water, n-butane-water, and n-hexadecane-
water pairs. This is because propane and n-butane are
more volatile than heavier hydrocarbons.
4.6 Mass Transfer

Mass transfer without coupling heat transfer. A
novel methodology developed by Li and Yang''"* is
used to calculate the molecular-diffusion coefficient
for each component of the solvent/CO, mixture in
heavy oil under reservoir conditions based on the
pressure-decay method. A total of three diffusion test
data for pure-CO,/heavy-oil system, C,H,/CO,/heavy-
oil system, and n-C,H,/CO,/heavy-oil system (i.e.,
Feeds #42-#44 in Table 6) are collected from the lit-

erature '

!, Theoretically, the volume-translated PR
EOS with a modified alpha function combined with a
1D diffusion model is used to improve its accuracy.

As seen from Table 7''#

!, there is an excellent agree-
ment between the calculated and measured mole frac-
tions of the aforementioned systems at the end of dif-
fusion tests, indicating that the applicability of the
newly proposed method.

As can also be seen, the mole fractions obtained
by using individual molecular diffusion coefficients
and apparent diffusion coefficient for gas mixtures are
both listed by Li and Yang'"*'. It is found that the for-
mer can be used to reproduce the measured pressure
profiles with a better accuracy than the latter. Physi-
cally, each component in a gas mixture shall diffuse
differently in heavy oil due to its different physical
properties. This is why one must treat separately the
molecular diffusion coefficient of each component in
a gas mixture to reproduce the measured composi-
tions together with other measured parameters as a
function of time during a diffusion test. In addition,
the methodology is further validated by another study

131,157

performed by Zheng et al.'*"'*") by comparing the

measured and calculated swelling factors for solvent/
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CO,/heavy oil systems with apparent/individual diffu-
sion coefficients.

Jang and Yang '**' determined the effective diffu-
sivity of individual gas components of a binary gas
mixture in a porous medium saturated with heavy oil
without consideration of the concentration-dependent
contribution, while the effective diffusivity is signifi-
cantly affected by the pore size and shape, tortuos-
ity,, and the gas compositions and properties.

14 proposed a robust

In summary, Li and Yang'
methodology by combining the PR EOS with a 1D
diffusion model on the basis of the pressure-decay
theory which can be used to accurately determine the
molecular diffusion coefficient for each component of
the solvent/CO, mixture in heavy oil under reservoir

124 proposed a

conditions. Subsequently, Jang et al.'
robust methodology with its wide applicability and
high accuracy to determine the diffusivity of CO,by
treating it as an exponential function of gas concentra-
tion with consideration of oil swelling.

Mass transfer with coupling heat transfer.
Based on the newly proposed alpha function'®’ ,
Zheng ' developed a generalized methodology to
accurately quantify diffusion coefficients of a CO,/
heavy oil system, an n-C,H,/heavy oil system, an n-
C,H,,/CO,/heavy oil system, and a C;Hy/n-C,H,,/CO,/
heavy oil system by coupling heat and mass transfer
and treating heavy oil as multiple PCs. The details of
the experimental database can be found in Tables 6
and 7 (Feeds #45-#47).

The measured and calculated dynamic swelling
factors based respectively on (a) constant diffusion
coefficient and (b) diffusion coefficient as a function
of viscosity and as a constant for Feeds #45-#47 are

B As can be seen, the cal-

reported by Zheng et al.'
culated results are in a good agreement with the mea-
sured ones, while the latter is more accurate than the
former, indicating that it is better to assume CO, dif-
fusion coefficient as a function of viscosity during the

coupled heat and mass transfer stage.
Based on the methodology developed by Sun et
al.'"®" | further modifications have been made by in-
131]

troducing C,Hyinto hot CO,-heavy oil systems'"'".

More specifically, a 2D heat and mass transfer model

incorporated into the volume-translated PR EOS with
a modified alpha function has been developed to de-
scribe the coupling heat and mass transfer for the
aforementioned systems. Heavy oil is treated as mul-
tiple PCs instead of a single PC """, The details of the
experimental database can be found in Tables 6 and 7
(Feeds #48-#50).

The measured dynamic swelling factors and the
calculated ones based on the determined individual
diffusion coefficients and apparent diffusion coeffi-
cients for Feeds #48-#50 are made available else-

where '3

I, As can be seen, the calculated dynamic
swelling factors are in a good agreement with the
measured ones, implying that the aforementioned
method is applicable for such alkane/CO,/heavy oil
systems.

Experimental and theoretical techniques have
been made by Zheng et al.'"*”’ to determine individual
diffusion coefficients of alkane solvents and CO, in
heavy oil at high pressures and elevated temperatures
for the Feeds #46 and #51-#53 as listed in Table 6.

[117

Zheng and Yang''"” proposed the DVA to determine
the individual diffusion coefficients for C,H./n-C,H,,/
CO,/heavy oil systems by coupling heat and mass
transfer as well as by treating heavy oil as multiple
PCs.

The dynamic swelling factors based on the indi-
vidual and apparent diffusion coefficients for Feeds #
46 and #51-#53 are provided by Zheng and Yang'"”’

1) "As can be seen, there exists a good

and Zheng'
agreement between the calculated and measured dy-
namic swelling factors. In addition, the measured and
calculated mole fractions of Feeds #52 and #53 at the
end of diffusion tests based on the individual diffu-
sion coefficients further verify the accuracy of the

'/ For a given solvent/

method from a different angle'
heavy oil system, heat transfer is found to achieve
equilibrium state much fast than mass transfer.

In summary, Sun et al.""® proposed a general-
ized methodology to couple heat and mass transfer of
both a pure gas-heavy oil system and a mixture gas-
heavy oil system at high pressures and elevated tem-
peratures. More specifically, the PR EOS together

with a one-way heat and mass transfer model has
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been developed to couple heat and mass transfer of
CO,/heavy oil system and CO,/C,Hy/heavy oil system
under a constant pressure condition. Some findings
are worth mentioning: 1). Heat transfer is discovered
to be faster than mass transfer, resulting in thermal
equilibrium being reached faster than mass equilib-
rium; 2). The heavy oil expands fast during the first
step of the coupled heat and mass transfer, then pro-
gressively swells during the subsequent mass transfer
stage; and 3). The addition of C,Hj to the CO, stream
improves mass diffusion as well as heat diffusion, re-
sulting in an enhanced swelling effect of heavy oil.
Subsequently, the aforementioned methodology is
further validated by characterizing heavy oil as mul-
tiple PCs as well as introducing a 2D heat and mass
transfer model to replace the 1D model to improve its

15.117.131.160] * Recently, we have developed

accuracy '
techniques to quantify the preferential mass transfer
of each component of a binary or ternary gas mixture
into heavy oil at high pressures and elevated tempera-
tures by considering both concentration dependence
and the presence of porous media''®'*",
4.7 Nonequilibrium Phase Behaviour
Nonegquilibrium CCE experiments at a constant
volume expansion rate. Based on the proposed «
function'*’ , a robust and pragmatic technique has
been developed to experimentally and theoretically
quantify the nonequilibrium phase behaviour of al-
kane solvent (s)/CO,/heavy oil systems under reser-

132-136

voir conditions **'*, More specifically, a total of
ten constant CCE experiments with a constant volume
expansion rate are made for quantifying the nonequi-
librium phase behaviour of CO,/heavy oil systems,
CH,/heavy oil systems, and CO,/C,Hy/heavy oil sys-
tems, while the details of these experiments are tabu-
lated in Table 8 (Feeds #54-#56). The measured and
calculated pressure curves for each of the aforemen-
tioned three mixtures are made available by Shi et al.
1321620 and Shi''®. It is found that the calculated pres-
sure profiles match the measured ones quite well, in-
dicating the accuracy of the mathematical model pro-
posed by Shi et al. 23121 "7hao et al."'™’, and

166

Dong et al.''® Subsequently, it is further applied to

determine the properties of foamy oil (i.e., compress-

ibility and density) , which can be found else-
where [132:133:162],

Nonequilibrium CCE experiments with a con-
stant pressure decline rate. With a total of six CCE
experiments with a constant pressure decline rate,
theoretical models based on the PR EOS have been
developed to quantify the nonequilibrium phase be-
haviour of CO,/heavy oil systems, CH,/CO,/heavy oil
systems, and CH,/C;Hy/heavy oil systems'''3 |
while their corresponding database are tabulated in
Table 9 (Feeds #57-#59). Good agreements can be
found between the calculated and measured volume-
pressure profiles under nonequilibrium conditions,
implying the accuracy of the proposed mathematical
models 13,

Two important ways to achieving nonequilib-
rium conditions for the aforementioned systems are
constant pressure decrease rate and constant volume
expansion rate, each of which has its distinct advan-

1133 Also, it is worthwhile not-

tages and limitations
ing that the PR EOR together with the modified alpha
function makes it possible to determine the nonequi-
librium phase behaviour and physical properties of
the aforementioned mixtures by integrating with any
reservoir simulators.

A single-gas bubble growth. A mechanistic

133/ for quanti-

model has been developed by Shi et al. '
fying a single gas bubble growth with considering
multicomponent gas diffusion in solvent(s)/CO,/heavy
oil systems under nonequilibrium conditions. Experi-
mentally, CCE experiments are conducted for C,Hy/
CO,/heavy oil systems under equilibrium and non-
equilibrium conditions, respectively. Theoretically,
the modified PR EOS'*’ together with other relative
equations (i.e., the classic continuity equation, mo-
tion equation, diffusion - convection equation, and
real gas equation) are used to improve the accuracy
of the model. The comparison between the measured
gas bubble radii and those calculated with the previ-
ously mentioned model shows an excellent agreement
(see Figure 11), which demonstrates the accuracy of
using the model to determine the underlying mecha-
nisms of gas bubble growth in the aforementioned sys-

tems. Also, such experimental measurements col-
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Figure 11 Comparison of the measured and calculated
bubble radius for n-C;H,,/n-C,,H,, systems
(Modified from [135,164]).

lected from the literature are not sufficient to deter-
mine the critical nucleus radius which is defined as
the initial value of gas bubble radius during the period
of a stable bubble growth, though the new model has
been validated with the measured bubble radius.

Dynamic volume. Based on the mechanistic
model of a single-gas bubble growth developed by
Shi and Yang''®', a novel and robust technique has
been developed to determine the dynamic volume
growth of multi-component gas bubbles with consid-
eration of preferential mass transfer of each gas com-
ponent in alkane solvent (s)/CO,/heavy oil systems
under nonequilibrium conditions. Combined with the
newly proposed mechanistic model, a volume equa-
tion is incorporated into an equation matrix to theo-
retically describe the kinetics of multicomponent gas
bubbles growth. Such an equation matrix is then
solved to match the pressure-volume as a function of
time measured with CCE tests under nonequilibrium
conditions, allowing for determining the dynamic vol-
ume of gas bubbles by taking the preferential diffu-
sion of each component in a gas mixture into account.
Subsequently, dynamic composition and volume of
evolved gas in foamy oil can be quantified and ana-
lyzed. On the basis of the matched experimental mea-
surements, sensitivity analysis has been performed to
numerically examine supersaturation pressure, pres-
sure decline rate, and amount of each gas component
on the growth of gas bubbles.

As depicted in Figure 12, there exist excellent
agreements between the measured volume-pressure

profiles and calculated ones with the newly proposed

foamy oil.

Accordingly, the dynamic mole compositions of
evolved gas in CH,/CO,/heavy oil systems and CH,/
C,Hy/heavy oil systems can be obtained on the basis
of the computed concentration distribution in the lig-
uid phase (see Figure 13). It is worthwhile noting
that, as for CH,/CO,/heavy oil systems, the calcu-
lated compositions of two gases are very close to the
measured ones at the end of the experiment, which
further confirms the reliability of the newly developed

technique for determining dynamic compositions of

62
e Measured: CH,-CO,-heavy oil
—— Calculated: CH,-CO,-heavy oil
A Measured: CH,-C;Hg-heavy oil
L — Calculated: CH,-C,Hg-heavy oil
g
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Figure 12 Measured and calculated liquid volumes of CH,/
CO,/heavy oil systems (Feed #59) and CH,/C,H /heavy oil
systems (Feed #58) below the pseudo-bubblepoint pressure

under nonequilibrium conditions (Modified from [135,163])

0.9
—— Calculated: CH, Composition in CH,-CO,-heavy oil systems
—— Calculated: C;Hg Composition in CH,-C;Hg-heavy oil systems
0.8~ Calculated: CH, Composition in CH,-C;Hg-heavy oil systems
—— Calculated: CO, Composition in CH,-CO,-heavy oil systems
g 0.7 e Measured: CO, Composition in CH,-CO,-heavy oil systems
= ¢ Measured: CH, Composition in CH,-CO,-heavy oil systems
@
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§
© 0.5 °
g
0.4
0.3 1 1 1 1 1 1 )
0 1000 2000 3000 4000 5000 6000 7000

Time/s
Figure 13 Measured and calculated dynamic composition of
each gas component in evolved gas for CH,/CO,/heavy oil
systems (Feed #59) and CH,/C,Hy/heavy oil systems
(Feed #58) , respectively (Modified from [163])
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the aforementioned systems.

5 Conclusions

In this work, significant improvements on accu-
rately quantifying phase behaviour and physical prop-
erties of solvents/CO,/water/heavy oil systems under
equilibrium and nonequilibrium conditions are criti-
cally reviewed. Specific findings are listed as fol-
lows: First, new alpha functions for hydrocarbon and
water in the PR EOS have been respectively devel-
oped to more accurately predict the vapor pressure of
pure hydrocarbon compounds and water, respec-
tively. The acentric factor is redefined at a reduced
temperature of 0.6 and incorporated into the newly de-
veloped alpha function, which can further improve
the prediction accuracy. By treating heavy oil as a
single PC, three BIP correlations in the PR EOS are
proposed for characterizing CO,/heavy oil binaries,
C,Hy/heavy oil binaries, and n-C,H,/heavy oil bina-
ries, respectively. The PR EOS together with the BIP
correlations and the new alpha function is able to de-
scribe the phase behaviour and physical properties of
solvent(s)/CO,/water/heavy oil systems with a gener-
ally good accuracy, including multiphase boundaries
(or pseudo-bubble-point pressures) , density, viscos-
ity, (mutual) solubility, and preferential mass trans-
fer. As for mass transfer, the volume-translated PR
EOS with the modified alpha function combined with
a 1D diffusion model is able to improve the accuracy
for calculating the molecular-diffusion coefficient for
each component of the solvent/CO, mixture in heavy
oil under reservoir conditions based on the pressure-
decay method. Heat and mass transfer are investi-
gated under a constant pressure system, while the 1D
diffusion model is further improved as 2D for a much
better prediction accuracy.
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Nomenclature
a attraction parameter defined in PR EOS
A aqueous phase
b van der Waals volume, m*/kmol
A —— EOS- dependent parameter
g — energy parameter, J/mol
GE excess Gibbs free energy at infinite pressure, J/
mol
L — oleic phase
P pressure, kPa
P, bubblepoint pressure, kPa

P, — pseudo-bubblepoint pressure, kPa

P, apparent critical supersaturation pressre, kPa
SF swelling factor

SG specific gravity

T — temperature, K

T. reduced temperature

14 vapour phase

y; — mole fraction of the ith component
alT,, w) alpha function in the PR EOS
a; — non-randomness parameter

¢ — BIP (binary interaction parameter)
Yio activity coefficient

0. density of heavy oil, kg/m’

w acentric factor
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